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The effect of agitation on the fluidization performance of a gas—solid fluidized bed with a frame impeller is experimentally
and numerically investigated. A 3-D unsteady computational fluid dynamics method is used, combining a two-fluid model
and the kinetic theory of granular flow. The rotation of the impeller is implemented with a multiple reference frame method.
The numerical model is validated using experimental data of the bed pressure drop and pressure fluctuation. Although the
minimum fluidizing velocity and bed pressure drop are independent of the impeller agitation, a sufficiently high agitation
speed yields higher fluidization performance with reduced bubble diameters and internal circulations of particles. The
fluidized bed can be divided into three zones: inlet zone where the gas distribution plays a major role, agitated fluidization
zone where the impeller agitation has a positive effect on fluidization, and free fluidization zone where the impeller
agitation has no effect on fluidization. © 2012 American Institute of Chemical Engineers AIChE J, 59: 1066—1074, 2013
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Introduction

A large number of industrial processes are conducted in
fluidized beds due to their simple structures and excellent
mass and heat-transfer characteristics. Fluidized beds are the
cores of various commercial olefin polymerization processes
such as Hypol, Innovene, and Unipol. For gas-phase poly-
merization processes, monomer(s) in the gas phase must dif-
fuse through the boundary layers around catalyst particles as
well as their pores to reach active sites where the polymer-
ization takes place. Therefore, good fluidization quality is
necessary for ensuring gas—solid contact and mass transfer.
However, it is difficult to maintain smooth fluidization due
to the agglomeration of polymer particles, especially for
high-impact polypropylene ones whose surfaces may be
sticky.

Mechanical agitation has been used to prevent particles
from agglomeration in a fluidized bed and improve fluidiza-
tion quality. It is useful for many fluidizing processes using
particles with large cohesive force,'™ such as granulation,*”
drying,® and crystallization.” Various types of agitators have
been used in gas—solid processes. The combination of rods
and curved blades is suitable for particle segregation,8
whereas circular plate blades are often used for granula-
tion.*” Fluidization of Geldart C particles may exhibit an
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unstable hydrodynamic behavior and could be improved by a
semi-inverted-anchor type of agitator.2 Our previous experi-
mental works studied the effects of the agitation speed and
agitator type on the fluidization quality in polymerization
reactors.””!

As the first study on a fluidized bed with an oscillating
stirrer'? in 1950s, the majority of experimental investigations
have been focused on the effect of the installation manner
and rotating direction of blades on the pressure drop.z’g’m_16
Power requirements for agitating solid beds have also
attracted much attention and correlations have been pro-
posed.'”"?

It is often difficult to acquire detailed information on flu-
idization due to the limitations of measurement techniques.
As such, computational fluid dynamics (CFD) has been
becoming a potential tool to predict complicated flows in
gas—solid fluidized beds, providing local and instantaneous
information. Most early CFD studies were focused on model
improvement®* >, hydrodynamics and the effects of operat-
ing parameters on the fluidization performance in traditional
fluidized beds.***

CFD simulations of gas—solid fluidized beds with agitators
are rare due to the complexities of the reactor structure and
the difficulties of convergence of the computation. Kim and
Han® implemented a simplified CFD computation to simu-
late the velocity field using a fan model.?® A pitched-blade
turbine agitator was installed to prevent agglomeration and
enhance fluidization. Shi et al.?” described the gas—solid flow
in a fluidized bed with an agitator using a two-fluid model
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Figure 1. Schematic diagram of the experimental set
up for the fluidized bed with a frame impeller.
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and a multiple reference frame (MRF) method. They found
that compared with a traditional fluidized bed, agitation
improved the fluidization efficiency, but decreased the over-
all fluidization quality. However, only one set of operating
conditions with an agitation speed of 1.05 rad/s was consid-
ered and the model was not validated experimentally. There-
fore, the influence of the agitation speed on the fluidization
performance was unclear.

Most of the agitators mentioned above were small in di-
ameter and short in height."*'**> They were applicable for
drying, granulation, and crystallization processes. For poly-
merization processes, agitators capable of covering the whole
reactor volume are preferred to scrape adhesive polymer par-
ticles from the reactor wall and improve fluidization quality.
Therefore, a question rises of how to design, optimize and
scale up a fluidized bed with a large diameter impeller for
olefin polymerization.

In this work, the influence of agitation of a large diameter
frame impeller on the fluidization behavior is investigated
experimentally and numerically. A three-dimensional (3-D)
time-dependent CFD model is presented based on the Euler-
ian-Eulerian two-fluid model coupled with the kinetic theory
of granular flow (KTGF). A MRF approach is incorporated
in the numerical model to deal with the rotating region. The
bed pressure drop, minimum fluidizing velocity, pressure
fluctuation, distributions of the particle velocity and solid
volume fraction for different agitation speeds are investi-
gated in this article.

Experimental

Figure 1 shows the fluidized bed with a frame impeller
used in this study. The fluidized bed column was 188 mm in
diameter and 1000 mm in height. Four pressure transducers
(KYBD14, Advantech, China) were installed along the col-
umn at the reactor elevation of 35, 150, 265, and 380 mm,
corresponding to probes 1-4, respectively. The voltage sig-
nals from the pressure transducers were transmitted to a per-
sonal computer with a data sampling rate of 200 Hz. The
four-blade frame impeller with a diameter of 182 mm and a
height of 390 mm was mounted at the bottom of the bed
with a clearance of 10 mm. In the case of industrial applica-
tions, four 45° pitched blades were used to scrape sticky par-
ticles from the wall. Therefore, the agitation speed did not
have to be high and was limited to 6.28 rad/s.
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Polypropylene particles (Sinopec, China) with an average di-
ameter of 1.130 mm and a density of 997.9 kg/m® were used
as the bed materials. They could be classified as Geldart D
particles. The initial bed height was 400 mm. Experiments
were conducted at room temperature and atmospheric pressure.
Compressed air from two compressors was used as the fluidiz-
ing gas. Its flow rate was measured by a standard orifice flow
meter and the signals were delivered to the computer in the
form of voltage. Table 1 shows the operating conditions.

Numerical Models
Eulerian—-Eulerian two-fluid model

The simulation work was carried out in an Eulerian—Euler-
ian frame using the two-fluid model. The fluidizing gas was
treated as an ideal one. The gas and solid phases are
regarded as interpenetrating continua, both with their own
volumes, velocities, and pressures. A set of continuity and
momentum equations for both phases constitute the govern-
ing equations for the gas—solid system. The continuity equa-
tion for phase i (i = g for the gas phase and i = s for the
solid one) is given by

8 . —
5[(91«91') + V- (pei) =0 (1)

When the mass transfer between phases, the external body
force, the lift force and the virtual mass force are neglected,
the conservations of momentum for the two phases have
similar forms, given by
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where T is the stress—strain tensor for phase i, written as
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where 7 is the identity matrix; u; and /; are shear viscosity and
bulk viscosity of phase i, respectively, and their detailed forms
will be given later.

KTGF

The constitutive equations derived from the kinetic theory
are introduced to close the momentum equation for the solid
phase. The KTGF describes the effective solid phase stress
and pressure. In addition, the conservation of the Kkinetic

Table 1. Operating Conditions

Parameter Unit Value

Particle diameter mm 1.13

Particle density kg/m’ 997.9

Particle packing density ~ kg/m’ 624.6

Gas velocity m/s 0.85

Agitation speed rad/s 0, 1.05, 2.09, 3.14, 4.17, 6.28
Initial bed height mm 400
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energy of moving particles is given based on the granular
temperature, O, as”®

%[g (650, Oy) + V - (65p, vs O,)] = (=P,I +7,) : Vi
+ V- (ko,VO;) — 70, + ¢y (6)

where the term kg, VO, stands for the diffusive flux of
granular energy, and ke, is described by Gidaspow et al.*’
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The collisional dissipation of energy, 70y, in Eq. 6 is the
dissipation rate of the solid phase caused by particle—particle
collisions. The correlation is developed by Lun et al.,** writ-
ten as

ke

12(1 - ed)goss 2
= a8 ®
The transfer of the kinetic energy of random fluctuations

in particle velocity from the solid phase to the gas one is
denoted as d)gszg

¢gs = _3Kgs®s )
In Eq. 3, the solids pressure, P, is derived from Lun et al.>°
Ps - SSPSG)S + 2?3,&(1 + ess)go,ss(as (10)

where g and ey denote the radial distribution function and
the coefficient of restitution for particle collisions, respec-
tively. In this work, values ranging from 0.8 to 0.95 for the
restitution coefficient were tested, but no significant differ-
ences on fluidization were found. g, describes the prob-
ability of particle collisions and is expressed as®'

17 -1
20ss = [1 - (6 & )} an

The solids bulk viscosity, A, in Eq. 5, quantifies the resist-
ance of the granular particles to compression and expansion
and is expressed as’’

4 /e,
)nv = gsspsds(l + esx)gOA,ss ? (12)

The solids shear viscosity, u, in Eq. 5 is given as
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where the first term on the right hand is the kinetic part of
shear viscosity derived from Gidaspow et al.,?’ the second one

(13)
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Figure 2. Two reference zones of MRF for the fluidized
bed with a frame impeller (a) and grid distri-
bution (b).

refers to the collisional palrt,26’29 and the third one the stress

due to friction between particles.*”

Drag force model

The momentum exchange between phases, K, in Egs. 2
and 3, can be estimated by an empirical drag law, which is
very important for predicting the fluidization behavior. The
commonly used drag laws include Wen and Yu model,*
Gidaspow model,”* and Syamlal and O’Brien model.”> In
this work, preliminary simulations were conducted using
these three drag models and no significant differences were
found in terms of bubble properties. This is in agreement
with the conclusion of Asegehegn et al.*® Therefore, our
work used the Gidaspow drag model as it was preferred for
densely packed fluidized beds®’

3 W —2.65

Atey 208, Ky =zC——7—¢5"" (9
0.687
Cp = gjg‘& (1 +0.15(¢gRe;)"™"); Reg<1000 (15)
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He
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&gy ds
(17)

MRF model

The MRF model aims to solve problems in which multiple
moving parts are involved. The computational domain must
be divided into several fluid/solid cell zones with an interfa-
cial boundary between them. The equations of the numerical
model used in this work are solved in two frames of refer-
ence, the rotating and stationary ones, as shown in Figure 2a
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Figure 3. Comparison between predicted time-aver-
aged bed pressure drops and experimental
data at different reactor elevations (line: sim-
ulation, scatter: experimental).

where the gap between the blades and wall is magnified for
the sake of clarity. Appropriate transformations between the
rotating and stationary zones are preformed at the interfaces
between the cell zones in order to enable flow variables in
one zone to be used to calculate fluxes at the boundary of
the other zone. The velocity relationship for cells between
these two different reference frames is given by38

—rotating __ —stationary stationary rotating
Di,N - Ui,N + sijk (QJ - Qj )Xk (18)

where &5 is the unit alternating tensor, Q the rotational speed
of the reference frame, N the agitation speed, v the velocity
vector, and x the Cartesian coordinate component. The second
term on the right side results from different rotation speeds of
the frames.

The MRF approach enables unsteady-state simulations to
be carried out in a pseudo-steady-state manner. It allows for
considerable savings in computer resources compared to a
more accurate, but time-consuming, fully time-dependent
CFD simulation approach.38

Solution strategy

Gambit 2.2 (Ansys Inc.) was used as a grid-generation
tool. The fluidized bed with a frame impeller consisted of
145,000 cells. The areas near the gas inlet, the impeller
blades and the gap between the blades and wall were refined.
The number of the cell elements was high enough so that an
increase in it did not alter the simulation result. Figure 2b
shows the grid distribution of the fluidizing system.

The numerical models were solved by Fluent 6.2, a com-
mercial code of Ansys, in a 3-D unsteady framework. Turbu-
lence was taken into account by the dispersed k—¢ model,
and the momentum equation for the solid phase was closed
by KTGF. MRF was adopted to deal with the moving frame
impeller zone in the fluidized bed. The first-order upwind
method was used as the spatial discretization scheme
because it yielded better convergence and required less com-
putational effort. The implicit time integration method was
used as it was usually more stable for solving a stiff equa-
tion. No-slip boundary conditions were assumed for both the
gas and solid phases. The pressure outlet was set to the
atmospheric one at the exit. Phase coupled SIMPLE was
used to couple pressure and velocity. The time step was set
to 0.0001 s because of convergence difficulties resulting
from the coupling of unsteady computation and MRF in the
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gas—solid flow. A case took almost a month when running
on an 8-core Xeon Server. To acquire enough information
during the steady state fluidization, all simulations were
done for 25 s of the real fluidization time.

Results and Discussion
Pressure drop and minimum fluidizing velocity

Bed pressure drop is an important parameter of a fluidized
bed. Figure 3 shows the time-averaged bed pressure drop,
AP, at different reactor elevations, H, and agitation speeds,
N. The experimental data are used to validate the numerical
model. To avoid temporary fluctuations in the early stage,
the values of the bed pressure drops are averaged from 10 to
25 s. Unless noted otherwise, the following discussion on
the simulation will be based on the statistical results corre-
sponding to the steady fluidization period from 10 to 25 s,
when the bed pressure drop fluctuates around a mean
value.”® The CFD simulations slightly underestimate the
pressure drop with an average relative error of 5%, probably
due to the wide particle-size distribution in the experimental
work. The minimum fluidizing velocity, U ., is experimen-
tally and numerically determined from the plots of AP
against the fluidizing gas velocity, U,, as shown in Figure 4.
In the fluidization regime, the values of the simulated pres-
sure drops are very close to those of the experimental ones
and are independent of the agitation speed. However, in the
fixed bed regime there are significant differences between
them. This is consistent with the work of Taghipour et al.*
Moreover, they decrease with increasing agitation speed.
This discrepancy may be attributed to nonfluidized solids
which are dominated by interparticle frictional forces and
are difficult to be accurately described by the two-fluid
model coupled with the Schaeffer friction model.**> The pre-
dicted Uy by CFD is about 0.37 m/s, which is somewhat
lower than that of the experimental value of 0.43 m/s. Both
values are independent of the agitation speed.

The effects of the agitation speed on the time-averaged
bed pressure drop and minimum fluidizing velocity are negli-
gible. This result disagrees with Leva’s finding that the pres-
sure drop decreased with increasing agitation speed for a tri-
angular-blade agitator.'* The reason is that the blade type
dictates the capacity of the agitator to change the bed den-
sity. For axial flow impellers, particles are pressed down or
lifted up by blades, which leads to an increase or a decrease
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Figure 4. Effects of agitation speed and gas velocity
on the experimental (left)f and numerical
(right) results of the time-averaged bed pres-
sure drop at the reactor elevation of 35 mm.
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Figure 5. Comparison between simulated and experi-
mental power spectra of pressure fluctuation
at U; = 0.85 m/s and H = 35 mm.

in the bed density. However, radial flow impellers such as
the frame impeller used in this work do not have much
effect on the axial components of particle velocities. There-
fore, the bed pressured drop and U,,s may vary with the
agitation speed for an axial flow impeller and remain
unchanged for a radial one.

Pressure fluctuations

Pressure fluctuations are closely related to the behavior of
the gas and particles in the fluidized bed. They are highly
random and complicated multicomponent signals, which are
composed of random or stochastic components and wave-
like or sinusoidal ones.*' Figure 5 compares the simulated
and experimental power spectra of the pressure fluctuation at
U, = 0.85 m/s and H = 0.035 m. The main frequency of
the simulated pressure fluctuation is close to the experimen-
tal one, with a maximum discrepancy of 0.2 Hz. This consis-
tency further validates the numerical model. An increase in
the agitation speed brings about an increase in frequency,
which indicates a decrease in the bubble size.

The local pressure fluctuations are composed of several
sources, including local bubble-induced fluctuations, global
bed oscillations and pressure waves originating from other
locations (e.g., bed surface, distributor and windbox) and
propagating in the fluidized beds.** The bubble passage
induced waves whose amplitudes are proportional to the
bubble diameter are localized pressure signals, while pres-
sure waves from other sources can be filtered out in the dif-
ferential pressure signals between two nearby axial positions.
As a result, it is reasonable to assume that the bubble diame-
ter can be characterized by the amplitude of differential
pressure fluctuation.*> Figure 6 shows the time-averaged
standard deviations of the differential pressure signals
between two neighboring pressure probes, g4p, at a constant
gas velocity of 0.85 m/s. The time-averaged bubble size can
be described by ogp and is larger in the upper part of the
bed. This is in accordance with the experimental work of
Taghipour et al.*> A decrease in the bubble size is also seen
when the agitation speed exceeds 2.09 rad/s. The bubble size
is even larger at 1.05 rad/s than that at O rad/s for the middle
and bottom parts of the bed. Shi et al.”’ drew a similar con-
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clusion that the fluidization quality was worse at 1.05 rad/s
than that of the traditional fluidized bed. Therefore, the agi-
tation speed should be high enough to ensure good fluidiza-
tion quality.

Particle velocity distribution

The particle velocity distribution is closely associated
with solids mixing. Information on the particle velocity can
be provided by CFD simulation rather than by experiments
because it is difficult to insert probes in the impeller area.
Figure 7 shows the particle velocity distributions in the flu-
idized bed with different agitation speeds of the frame
impeller at the superficial gas velocity of 0.85 m/s. When
the agitation speed is 0 or 1.05 rad/s, the particle velocity
distribution is not uniform and is similar to that of free flu-
idization. As the agitation speed increases, it becomes more
uniform and the particle velocities around bubbles are also
reduced.

Solid mixing is controlled by two main mechanisms: gross
circulation and internal circulation.** The influence of the
agitation speed on the gross circulation at the bed scale can
be ignored, because the frame impeller is a radial flow one.
The latter does not contribute much to the axial velocity of
particles. However, internal circulations are induced by bub-
ble passage at a bubble scale and are influenced by the shear
force generated by the rotation of the impeller blades. The
fluidization performance is improved for an agitation speed
higher than 2.09 rad/s, due to reduced internal circulations.

Solid volume fraction distribution

Poor gas—solid fluidization quality can be caused by
agglomeration or accumulation of particles which may lead
to hot spots in an industrial reactor. A uniform distribution
of solids with small or even no bubbles is preferred. Incor-
poration of a frame impeller in a traditional fluidized bed is
supposed to reduce the bubble diameter. The distribution of
the solid volume fraction calculated by CFD method is dis-
cussed in this section.

The fluidized bed used in this work can be divided into
several imaginary zones according to the bed elevations of
four measuring points. Figure 8 shows the predicted fluctua-
tion of the volume-averaged solid volume fraction vs. the
agitation speed of the frame impeller at a superficial gas ve-
locity of 0.85 m/s in the following zones: 35-150, 150-265,

and 265-380 mm of the bed elevation, respectively.
Height range
500+ —m—35~150 mm
—®— 150~265 mm
~ 4001, —A— 265~380 mm
© A
- e
o 300{ e— TT—e °
=
o
200+
1004 ™ " —e
0 1 2 3 4 5
N (rad/s)

Figure 6. Experimental standard deviations of differen-
tial pressure fluctuations between neighbor-
ing probes at a superficial gas veocity of 0.85
m/s.
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Fluctuations become smoother at the lower reactor elevation
and the fluidization quality better. The fluctuations in the
upper part of the bed are more intense due to the dynamics
of coalescence and eruption of bubbles around the bed sur-
face.* The positive effect of the agitation on the solid vol-
ume fraction fluctuation becomes more pronounced when its
speed exceeds 2.09 rad/s.

Figure 9 shows the instantaneous solid volume fraction con-
tour in the vertical mid-plane at the beginning of fluidization
(Ug = 0.85 m/s) for an agitation speed of 0 and 4.71 rad/s,
respectively. The bed rapidly expands during the fluidization
time smaller than 1.2 s. Thereafter, big bubbles break up at the
surface of the bed and particles entrained by bubbles come
back to gross circulation near the wall. In the initial period of
fluidization particles have to overcome interparticle locking,
which may result in slug fluidization. After the break-up of big
bubbles at the surface, agitation significantly improves the uni-
formity of the solid volume fraction distribution.

Figure 10 shows the solid volume fraction distribution for
steady fluidization in the vertical mid-plane (U, = 0.85 m/s).
Bubbles break up and coalesce continuously as the fluidiza-

tion proceeds. The bubble coalescence process can be
observed at low agitation speeds, that is, 1.05 rad/s. Small
bubbles formed at the bottom of the bed rise upwards and
deform due to particle-particle interactions. Neighboring
bubbles coalesce because lower bubbles are attracted by low
pressure in the wake of the upper ones.*

As the agitation speed exceeds 2.09 rad/s, the bubble diam-
eter decreases and the effect of the frame impeller on the flu-
idization quality is more obvious. According to Shi et al.,*’
fluidization was worsened at 1.05 rad/s, which is consistent
with our work. The agitation speed of the frame impeller
should be high enough, say, higher than 2.09 rad/s, to uni-
formly distribute solids. The sizes of bubbles can be reduced
by the intensive shear stress provided by af,ritation.“’5

The uniformity of the solid volume fraction distribution
at the superficial gas velocity of 0.85 m/s can be quantified
by its time-averaged standard deviation, o., as shown in
Figure 11. The o, is low at the bottom of the bed and
increases with the reactor elevation, as a result of the bubble
size increase in the fluidized bed.*’ Beneath the reactor ele-
vation of 150 mm, it increases with increasing agitation

Height Range

(mm)
050NN e W VA et A A g sty 265-380
0.25 1 .
0.50 | A it~ A YN A A A At AN AN s A At pstimaaponmf WA woesngn] — 150-265
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w
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ts

Figure 8. Simulated volume-averaged fluctuations of solid volume fraction at different reactor elevations vs. agita-

tion speed (Uy = 0.85 m/s).
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Figure 9. Instantaneous solid volume fraction contour
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[Color figure can be viewed in the online issue, which is
available at wileyonlinelibrary.com.]

speed (>2.09 rad/s). As the reactor elevation is higher; how-
ever, the opposite correlation is observed between the stand-
ard deviation and the agitation speed. When the reactor ele-
vation exceeds the upper edge of the impeller (>400 mm),
0. 1s almost no longer affected by the agitation speed.
According to the agitation effect of the frame impeller on
the fluidization performance (Figures 10 and 11), the whole
bed can be divided into three zones: inlet zone (I), agitated
fluidization zone (II), and free fluidization zone (III). In the
inlet zone (H < 150 mm), the solid distribution is uniform

Solid volume
fraction (-)

0.63
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300 450 600
H (mm)

Figure 11. Simulated time-averaged standard devia-
tions of solid volume fraction for different
agitation speeds (U, = 0.85 m/s).

with small bubbles>* due to the gas distributor, as shown in
Figure 10. In this zone, the impeller has little or a negative
influence (higher ¢, on the fluidization performance when
the agitation speed exceeds 2.09 rad/s (Figure 11). The reac-
tor elevation ranging from 150 mm to the top edge of the
impeller (400 mm) is called agitated fluidization zone in
which a large part of the frame impeller is located. The flu-
idization performance is significantly improved at higher agi-
tation speed (N > 2.09 rad/s). This is because an intensive
shear stress decreases bubble sizes. The free fluidization
zone is between the top edge of the impeller and the bed
surface. The impeller does not reach this zone. As a result,
the effect of the agitation speed becomes negligible.

At high agitation speed, the uniformity of the solid distri-
bution is improved in the agitated fluidization zone whereas
it is worsened in the inlet zone. This can be explained
by the radial solid volume fraction distribution shown in
Figure 12 (U, = 0.85 m/s). At the reactor elevation
of 50 mm (inlet zone), the uniformity of the solid volume

0.31

0.25

0.19

| 0.13

0.06

0.00

3.14 rad/s

1072 DOI 10.1002/aic
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rad/s 6.28 rad/s
Figure 10. Solid volume fraction distribution of steady fluidization at the fluidization time of 24.4, 24.5, 24.6, and
24.7 s in the vertical mid-plane for different agitation speeds (U = 0.85 m/s).

[Color figure can be viewed in the online issue, which is available at wileyonlinelibrary.com.]
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fraction distribution is worsened with increasing agitation
speed, especially when the latter is 6.28 rad/s. The rotating
direction is anticlockwise and there is a high solid volume
fraction at the leading edge of the blades. A similar phenom-
enon of particle accumulation caused by the shear force also
appears in bladed solid mixers.** The agitation speed of
the frame impeller is limited to 6.28 rad/s due to its big and
negative impact on the fluidization performance. On the con-
trary, the fluidization is improved for a higher agitation
speed at the reactor elevation of 350 mm (agitated fluidiza-
tion zone), where big bubbles are formed due to bubble coa-
lescence and the fluidization performance is not as good as
that in the inlet zone. The rotation of the impeller can reduce
bubble size, resulting in a more homogeneous solid volume
fraction distribution. Meanwhile, particle accumulation at the
leading edge of the blades is found to be negligible.

Conclusions

A 3-D time-dependent CFD model based on the Eulerian—
Eulerian two-fluid model incorporating the KTGF is devel-
oped to describe a gas—solid fluidized bed with a frame
impeller for olefin polymerization. The MRF method is used
to deal with the agitation of the impeller. The numerical
model is validated experimentally in terms of the bed pres-
sure drop and pressure fluctuation.

The effect of the agitation speed on the minimum fluidiz-
ing velocity and bed pressure drop can be ignored, because
the frame impeller is a radial flow one and has little contri-
bution to the lift force for particles. An increase in the agita-
tion speed brings about a decrease in bubble size.

Fluidization performance is improved by the incorporation
of the frame impeller. Internal circulations are induced by
the bubble passage at the scale of bubble diameter and are
reduced by the rotation of the impeller blades. The influence
is more significant when the agitation speed is large enough,
say, higher than 2.09 rad/s.

The whole fluidized bed can be divided into three zones:
inlet zone, agitated fluidization zone, and free fluidization
zone. The effect of the gas distributor is dominant in the
inlet zone, while the fluidization performance can be
enhanced by the rotation of the frame impeller in the agi-
tated fluidization zone. For the free fluidization zone where
no impeller blades exist, the influence of the agitation speed
on the fluidization quality is not significant.
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Notation

drag coefficient, dimensionless

particle diameter, m

ess = particle—particle restitution coefficient, dimensionless
gravitational acceleration, m/s?

B
[

g =
80.ss = radial distribution function for particle collisions
H = reactor elevation, mm
I = identity matrix
I,p = second invariant of the deviatoric stress tensor
K, = interphase exchange coefficient, kg/(m2~s)
Kegs = diffusion coefficient for granular energy, kg/(m-s)
N = agitation speed, rad/s
P = pressure, Pa
P = solids pressure, Pa
Reg = solid phase Reynolds number, dimensionless

physical fluidization time, s

U, superﬁcial gas velocity, m/s

v = velocity vector, m/s

xx = Cartesian coordinate component

Greek letters

& = volume fraction, dimensionless

&jk = unit alternating tensor
¢ = transfer rate of kinetic energy, kg/(s>-m)
70, = collisional dissipation of energy, kg/(m-s*)
¢ = angle of internal friction, °
Js = solids bulk viscosity, kg/(m-s)~"
s = solids shear viscosity, kg/(m-s)~'
U = velocity vector, m/s
®, = granular temperature, m%/s>
p = density, kg/m?
T = shear stress, N/m?
¢ = standard deviation

Q = rotational speed of the reference frame, rad/s
Subscripts

dp = differential pressure fluctuation
&8 = solid volume fraction
g = gas phase
i = general index
mf = minimum fluidization
N = agitation speed
s = granular (solid) phase
P = Pressure
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